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Abstract

In the present work, the effect of hydrogen removal on carbon formation in a membrane reactor (with nickel supported catalyst) for steam and CO,
methane reforming is analyzed. The steady-state operation of the membrane reactor is described by means of a one-dimensional, heterogeneous,
non-isothermal mathematical model. The carbon formation is kinetically evaluated through expressions reported in the literature. Higher CO,
contents in the feed stream or operating temperatures increase the risk of carbon formation in both, the membrane and conventional fixed bed
reactors. Moreover, for a given feed composition and tube-wall temperature profile, the tendency to carbon deposition is promoted by hydrogen
removal and increases as the percentage of hydrogen removed is augmented (for example, by a diminution of the Pd membrane thickness). The
proposed model is a useful tool to predict the position where carbon formation is expected in the conventional and membrane reactors for methane

reforming, not only along the catalyst tube but also within the Ni particle.
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1. Introduction

Methane steam reforming is one of the most important pro-
cesses for the production of hydrogen and synthesis gas. It may
be represented by the following system of reversible reactions:

CH4 + Hy0 <> CO+3Hy, AH,g5 = 206kJ/mol (1)

CO 4+ Hy0 <> COy +Hy, AHygy = —41kJ/mol 2)

CHy + 2H,0 < CO, +4Hy,  AHsggx = 165kI/mol  (3)
Traditionally, this process is carried out in a furnace contain-
ing tubes packed with a supported nickel catalyst, which operates
athigh temperatures (around 800 °C), pressures between 1.6 and
4.1 MPa and steam to methane ratios within the range 2—4.
Deactivation of nickel catalysts by carbon formation is a sig-
nificant problem in methane reforming caused by fouling of the
Ni surface, blockage of the pores of the catalytic particle and dis-
integration of the support material [1]. Thermodynamically, the
most probable reactions for carbon formation are the following
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equations:

CHy cracking CH4 < C + 2H,,

AHsgg g = 122.3kJ/mol 4)
Boudouard 2CO < C + COy,

AHyggx = —125.2kJ/mol Q)

CO reduction CO +H; < C+ H,0,

AHyggx = —84.0kJ/mol (©6)

These reactions are reversible, that is simultaneous carbon
formation and gasification occur.

When COs is available in large quantities and at low costs, it
can be used to replace the steam partially (mixed reforming) or
totally (dry reforming). The mixed reforming allows obtaining
synthesis gas with different Hy/CO ratios and consequently it can
be applied in many chemical and petrochemical processes. How-
ever, the presence of CO, augments the risk of carbon formation
[2], as it produces large amounts of CO and a substantial Hy
consumption through the reverse of the water—gas-shift reaction
(Eq. (2)).

An alternative to increase the methane conversion is the
membrane reactor, in which the chemical equilibrium is shifted
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Nomenclature

Cpj heat capacity of component j (J/mol K)

dp equivalent diameter of the catalyst pellet (momen-
tum equation) (m)

D‘;'- effective diffusivity of component j (m?/s)

f friction factor

Fj molar flow rate of component j (mol/s)

AH; heat of reaction i, i=1, 2, 3 (J/mol)

JH, molar permeation flux (mol/rn2 S)

Dj partial pressure of component j at the gas phase
(Pa)

Ds,j partial pressure of component j inside the catalyst
particle (Pa)

Pt total pressure (Pa)

r = £/(d.at/2), dimensionless catalyst coordinate

Te.net net rate of carbon formation (molc/kgcat S)

Ti rate of the reaction i, i=1, 2, 3 (mol/kgcy S)

R universal gas constant (J/mol K)

T, gas temperature (K)

U superficial velocity (m?/m? s)

\%4 volume of the catalyst particle (m?)

XcH, methane conversion

z axial reactor coordinate (m)

Greek letters

ni effectiveness factor for reaction i, i=1, 2, 3

Vi stoichiometric coefficient of component j in reac-
tion i

& radial coordinate of the catalyst particle (m)

OB bed density (kg /m;)

Py gas density (kg/mf?)

22 cross sectional area of the annular catalyst bed
(my)

Superscripts

0 at the reactor inlet

CR conventional reactor

eq at equilibrium conditions

MR membrane reactor

p on the permeation side

r on the reaction side

S at the catalyst particle surface

through preferential or selective permeation of reaction prod-
ucts. The removal of hydrogen from the reaction system may be
performed through dense selective membranes of palladium or
its alloys. However, the low permeability of these dense mem-
branes together with the high palladium costs, have restricted
their use to small-scale processes. Composed membranes con-
stitute an adequate choice due to their high permeation flows and
selectivity [3—5]. These membranes consist of a high porous sub-
strate with low resistance to flux, covered by a metallic layer that
provides the required selectivity.

In several modeling works the advantages of the membrane
reactor (MR) with respect to the conventional fixed bed reactor
(CR) in the methane reforming process have been demonstrated.
Oklany et al. [6], Barbieri and Di Maio [7] and Galluci et al. [8]
proposed 1D isothermal models to simulate the performance of
membrane reactors containing Pd-based membranes. In order
to study the energy transport in Pd-based membrane reactors,
1D non-isothermal models were also proposed [9,10]. To our
knowledge, most of the previous works related to modeling of
methane reforming in MRs have assumed negligible intraparti-
cle mass-transfer resistances. Johannessen and Jordal [11] used
a constant value of the effectiveness factor for all the reactions
to simulate a catalytic membrane reactor.

The removal of hydrogen from the product stream tends to
augment the risk of carbon formation by methane cracking (reac-
tion (4)). This may affect the catalyst activity and stability,
limiting the benefits of using membrane reactors for methane
reforming. Hou et al. [12] evaluated the influence of hydrogen
removal on the carbon formation phenomenon in a membrane
reactor by means of a thermodynamic criterion based on the
affinity concept for the methane cracking reaction. Although this
criterion helps to identify and define conditions for the potential
carbon formation by methane cracking, it results too conserva-
tive. In fact, it excludes all those operating conditions that would
not lead to net carbon deposition because the rate of gasification
by one of the reactions exceeds the rate of formation by the other
ones [13]. Definitely this is not just a thermodynamic problem
and hence kinetic aspects have to be taken into consideration
[13,14].

In this work, the risk of carbon formation for a MR is kinet-
ically analyzed and compared with that corresponding to a CR
by means of a 1D heterogeneous non-isothermal model.

2. Mathematical model

Fig. 1 shows a scheme of the membrane reactor under study. It
consists of two concentric tubes, an external shell installed in an
electric furnace and an internal membrane tube. The membrane
consists of a dense Pd layer on a porous ceramic support. The
Ni catalyst is packed in the annular space and a co-current flow
configuration is supposed on both sides of the membrane.
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COo, CO,
Catalyst t & t
4
> kg ]
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Heat el eevess H, | H, X0 €= Heat
Yx?rH Pr—l 1‘:%)
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/Jr
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Fig. 1. Scheme of the membrane reactor for methane reforming.
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In order to represent the steady-state operation of the MR, a
one-dimensional heterogeneous model is adopted subject to the
following assumptions:
(a) Plug-flow for the sides

[4,5,7,9,11,12,15].
(b) Negligible gas—solid mass and heat-transfer resistances [12].
(c) Isothermal catalyst particle [15].
(d) Isothermal and isobaric conditions for the permeate side
[5,7,12].
(e) Ideal membrane (infinite selectivity to Hy) [9—11].

reaction and permeation

From these assumptions, the governing equations for the
reaction and permeation side are given below

2.1. Reaction side

2.1.1. Gas phase
e Mass balances:

dF" 3
o= Qszljmrfv,-,i, j=CHy4, H,0,C0,CO, ()
1=

dFy, 3

TZ = QPBZ’?ir?VHz,i -7 dte]Hz (8)
i=1

e Energy balance:

dT* 3
D_FiCpj-gt = pn 3 (~AHr; + 7diU(Ty = Tp)
J

i=1

&)
e Momentum equation:
d 2
i ao
P
e Boundary conditions:
Atz =0: Fi=F), Ti=T.. p=p (11)

2.1.2. Catalyst particle

At each axial position, the internal mass-transfer resistances
are accounted for by the solution of the following material bal-
ances within the catalyst particle

De1 d dpsj\ _ RT! 3
Teae \Ear ) = RTepod_ripsvii
i=1

J = CH4, H;0, CO, CO,, Hy (12)

e Boundary conditions:

at§ =0: ps.j=Dj (13)

at§ = dea : dps,j
2 dé¢
The intrinsic kinetics reported by Xu and Froment [16] is
selected for reactions (1)—(3). The effective diffusivities are

=0 (14)

calculated using the expressions given by Xu and Froment
[17].

2.2. Permeation side

e Mass balances:

dFspweep -0 (15)
dz
dFf
T2 = e i, (16)
e Boundary conditions:
Atz =0: Frcep = Foveepr  Fhi, =0 7

The hydrogen permeance through the membrane is evalu-
ated using the Sievert law [10,11]:

0o o Ep/RTg
iy == |/, — /Py, (18)

where § is the membrane thickness and pf_lZ and pﬂz are the
hydrogen partial pressures on the reaction and permeation
sides, respectively.

2.3. Numerical solution

The differential equations for the gas phase on reaction and
permeation sides are integrated by means of a GEAR routine
[18]. The differential equations for the particle are discretized by
means of second order finite differences, using an adaptive grid
of two elements with variable width. Forty and five grid points
are assigned to the first (near the catalyst surface) and second
element, respectively. For each axial position, the 98 resultant
non-linear algebraic equations are solved through a Quasi New-
ton algorithm. Once the partial pressures for all the components
are obtained (ps ), the effectiveness factors for reactions (1)—(3)
are calculated through Eq. (19).

I rilps p@vyvy
i= - . 1=1,2,3,
"i(Pj)
j = CHy, H,0, CO, CO;,, H, (19)

The trends of the main variables predicted by the above-
presented MR model were validated against experimental and
numerical results from the literature [9-11].

The net rate of carbon deposition (reactions (4)—(6)) is eval-
uated by means of the following kinetic expression reported by
Snoeck et al. [13]:

Te,4 + T (5+6)

Ic,net = DEN2 (20)
where:
1
re4 = kyy Kcw, (PCH4 T Pi) (2D
M, av
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' K 1 pwo
+ )
re,5+6) = ko | Komo—y—prco— -0———— (22)
o ) © : Klt/[,av KO,HzO PH,
DEN = 1 + Ken,pen, 4 —— pi? 4 — L PmO - g
R R O N

The term r.4 of Eq. (20) represents the carbon formation
by CHy cracking and its gasification by H (reaction (4)), while
rc (5+6) groups the carbon formation by reactions (5) and (6), and
its gasification by CO, and H,O. The values of the coefficients
involved in Eqgs. (21)—(23) can be found in [13].

The net rate of carbon formation has been assumed every-
where negligible with respect to the main reaction rates. For this
reason, once the model is solved and the gas composition and
temperature profiles are known, the rc pe; €xpression is used to
calculate the potential of carbon formation at each axial posi-
tion and inside the catalyst. According to the kinetic criterion,
if r¢ net > 0 at any position along the reactor, carbon deposition
occurs [13].

3. Results and discussion

The performance of the MR was compared with that of a
CR, which was modeled by assuming null H permeation. The
geometric parameters and operating conditions used in the sim-
ulations of the CR and MR are given in Table 1.

The influence of the feed CO, and H>O contents on carbon
formation in the CR and MR is shown in Fig. 2. For each reac-
tor configuration, the curve represents the boundary between
carbon-forming and carbon-free regions for different feed com-
positions. For both reactor designs, as the CO; feed content is

Table 1

Geometric parameters and operating conditions used to simulate the CR and
MR

Parameter Value

Reactor length, L 0.2m [9]

Shell internal diameter, dg; 0.0326 m [9]

Tube internal diameter, dy; 0.021 m [9]

Tube external diameter, d; 0.025m [9]

Catalyst mass/reactor length, W/L 0.05 kg/m [9]

Bed porosity, e
Catalyst

0.5 [11]
30% Ni/Al, 03 [9]

Diameter of the catalyst particle, dcat 0.001 m [10]
Height of the catalyst particle, Aca 0.003m [10]
Particle density, pj 2355.3 kg/m3 [11]
Thickness of Pd film, § 7.5 pm [9]

Pre-exponential factor of the Sievert
permeability coefficient, Qg

Activation energy of the hydrogen
permeability, Ej

6.3 x 10~ mols~! m~! MPa!”2

[11]
15700 J/mol [11]

Overall heat transfer coefficient, U 227 W/m2 K [9]
Tube-wall temperature, Ty, 500°C [9]
Methane feed volumetric flow rate, QgH4 200 sccm [9]
Feed temperature, Tg0 500°C [9]
Feed pressure, pg 100 kPa [9]
Sweep gas temperature, Tsweep 500°C [9]
Sweep gas volumetric flow rate, ngeep 2000 sccm [9]
Sweep gas pressure, Psweep 100 kPa [9]
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Fig. 2. Influence of the HyO/CH4 and CO,/CHj ratios on carbon formation in
the CR (dashed line) and MR (full line).

increased higher HyO/CHy4 ratios are required to avoid carbon
deposition. However, more steam has to be added in the case of
MR (i.e., the range of feed conditions leading to carbon forma-
tion is wider). For each of the operating conditions presented in
Fig. 2, the conversion for the MR is higher than that of the CR
and even higher than the corresponding equilibrium value. These
results suggest a trade-off between higher production rates and
higher risk of carbon formation.

In order to compare the carbon deposition phenomenon in
both reactors, Fig. 3 shows (for the feed condition A of Fig. 2)
the rc net curves along the reactor length, at the catalyst surface
(r=0) and catalyst center (r=1). As it can be seen, no carbon
formation takes place in the CR (r¢pet <0) while in the MR
carbon deposition is predicted from the critical axial position
zc =0.117 m towards the reactor outlet.

This behavior can be explained by means of Fig. 4, in which
the axial composition profiles for both reactors are presented.
The diminution in py, caused by the Hp permeation through
the membrane increases the rate of carbon deposition by CHy

MR(r=1)

4

C!

-5 y T T : T z i T i
0.00 0.04 0.08 0.12 0.16 0.20
z(m)

Fig. 3. Axial profiles of the net carbon deposition rate in the CR and MR
(condition A of Fig. 2). r=0: catalyst surface; r=1: catalyst center.
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Fig.4. Axial variation of composition for the CR and MR (condition A of Fig. 2).

cracking (reaction (4)). Besides, pn,0 is lower for the MR as a
consequence of the higher CH4 conversion and the shift to the
right of the WGS reaction (2). The shift of reaction (2) towards
products, caused by the hydrogen permeation, is also expressed
through the minimum observed in the CO; curve. Thus, the
outlet conversion of the reactant CO, is clearly lower in the
MR.

Even though py, and pco are lower in the MR, the lower
PH,0 Vvalues promote carbon formation also by CO reduction
(reaction (6)), i.e. r¢ (5+46) becomes positive towards the reactor
outlet. Since the axial temperature profiles for both reactors are
very similar (results not shown in this work), it is not possible
to attribute the differences observed in r¢ pet to a thermal effect.

As shown in Fig. 3, the rc e values at the particle center
(r=1) are higher than those corresponding to the catalyst surface
(r=0) for both reactors. This particular result can be explained
by analysis of Figs. 5 and 6. For the case of the MR, Fig. 5
shows the rates of carbon formation within the catalyst particle
at z¥*=0.128 m (see also Fig. 3). From the catalyst surface and
up to = 0.005, the rate of carbon deposition by reaction (4) is
lower than the rate of carbon gasification by reactions (5) and
(6), thus r¢ net is negative (see Eq. (20)).

From r = 0.005 to the particle center, the model predicts car-
bon formation (7¢ net >0), as a consequence of the composition
gradients calculated inside the catalyst (see Fig. 6). The decrease
in pch, and the increase in py, along the radial coordinate cause
the diminution in r¢ 4 values shown in Fig. 5. However, the incre-
ment in pco and the decrement in py,o are responsible for the
continuous augment in the r¢ (546 curve and consequently in the
Tenet curve. Once chemical equilibrium conditions are reached
(for r>0.04), the r. net curve keeps constant at a positive value.

12
08 ' c4
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0.0+
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r. x10° (mol /g_, h)

-0.8
-1.24

-1.64

0.00 0.02 0.04 0.06 0.08 0.10
r

Fig. 5. Profiles of r¢ net, 7c.4 and r¢ 546y Within the catalyst at z¥=0.128 m for
the MR (condition A of Fig. 2).

The results shown in Figs. 5 and 6 demonstrate the importance
of taking into account the intraparticle diffusional limitations to
evaluate the risk of carbon formation in MRs. In fact, for the
considered Ni catalyst and high CO; contents in the feed, the
highest risk of carbon deposition is detected at the center of the
catalyst particle.

The influence of the membrane thickness on the carbon depo-
sition and the methane conversion is shown in Fig. 7. The risk of
carbon deposition increases as the membrane thickness is low-
ered, i.e. as higher permeation rates of hydrogen take place. For
the analyzed operating conditions, the lowest membrane thick-
ness leads to the highest methane conversion, but also to the
highest risk of carbon formation.

The effect of the tube-wall temperature on the carbon for-
mation phenomenon is presented in Fig. 8. It is clear that the
temperature increase at the tube-wall (and consequently in the
process gas) tends to favor carbon deposition. For the selected
operating conditions, the lowest temperature (7y, =480 °C) leads
to carbon-free conditions along over 80% of the total reactor
length, whereas for Ty, =540 °C almost all the reactor length is
affected by carbon formation.

1.06

0.98 4

Fig. 6. Partial pressures (dimensionless values) within the catalyst particle at
z*=0.128 m for the MR (condition A of Fig. 2).
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Fig. 7. Axial profiles of the net carbon deposition rate in the MR (condition A
of Fig. 2), at the center of the catalyst particle (»= 1) and for different membrane
thickness.
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Fig. 8. Axial profiles of the net carbon deposition rate in the MR (condition A
of Fig. 2), at the center of the catalyst particle (r=1) and for different tube-wall
temperatures.

At this point, it is convenient to remark the importance of
a correct evaluation of the internal mass-transfer resistances.
Despite the relatively low temperatures for which the MR is
being simulated, the calculated effectiveness factors are notice-
ably low. For the conditions of Fig. 8, the effectiveness factor
corresponding to the reforming reaction (1) varies between
n1=0.008 (at T, =580 °C) and 0.015 (at T, =480 °C). Regard-
ing reaction (3), typical values for 53 are around 0.007 (at
Tw=580°C) and 0.014 (at T, =480 °C).

4. Conclusions

A comparative kinetic analysis of the carbon deposition phe-
nomenon on a Ni catalyst in the CR and MR has demonstrated
that carbon formation is favored when the CO; content in the
feed or the operating temperature increases. The risk of car-
bon deposition should be carefully evaluated along the reactor,

not only at the catalyst surface but also within the particle, by
considering simultaneously the three possible sources of carbon
formation (reactions (4)—(6)).

The hydrogen permeation through the membrane increases
the risk of carbon formation and the methane conversion with
respect to those of the conventional fixed bed reactor. Therefore,
the selection of the membrane thickness becomes a trade-off
between the improvement in the reactor performance and the
higher potential for carbon formation.

The quantification of the composition gradients inside the
catalyst particle is useful not only to take into account the
strong internal mass-transfer resistances (i.e., to avoid an over-
estimation of the observed reaction rates), but also to detect the
positions where the risk of carbon deposition becomes maxi-
mum. For the case of methane reforming with CO, (or feeds
with high CO,/H,O ratios), the highest risk of carbon formation
is located at the particle center.
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